PERGAMON

Available online at www.sciencedirect.com
sclzncs@mnsc-m

International Journal of Heat and Mass Transfer 46 (2003) 2179-2191

International Journal of

I"EAT and MASS
TRANSFER

www.elsevier.com/locate/ijhmt

Two-dimensional model of heat transfer in circulating
fluidized beds. Part I: Model development and validation
D. Xie, B.D. Bowen, J.R. Grace *, C.J. Lim

Department of Chemical and Biological Engineering, University of British Columbia, 2216 Main Mall, Vancouver, Canada
Received 10 May 2002; received in revised form 20 September 2002

Abstract

A new model is proposed for furnace- and wall-side heat transfer in circulating fluidized beds. It assumes a wall layer
of particles whose concentration varies with distance near the heat transfer surface and a thin gas gap adjacent to the
wall. The model couples radiation, conduction and convection on the furnace-side to conduction and convection into
the coolant on the wall-side. Keller’s method is employed to solve the set of non-linear, partial differential equations.
The model gives satisfactory predictions of the suspension-to-wall heat transfer coefficient for several sets of published

experimental two-dimensional data.
© 2003 Elsevier Science Ltd. All rights reserved.

1. Introduction and previous work

Most circulating fluidized bed (CFB) reactors, in-
cluding those used for combustion, calcination and hy-
drocarbon cracking, are operated at high temperatures
with heat being either added or removed. In order to
explain heat transfer in CFBs and predict heat transfer
coeflicients, several models have been proposed. The
heat transfer between the furnace wall and the bed in-
cludes contributions from radiation, particle and gas
convection, as well as gas conduction. In almost all of
these previous studies, the furnace-side conduction,
convection and radiation processes and the conduction
within the wall have been treated as entirely separate
phenomena. In reality, these processes are highly cou-
pled and interrelated. This paper considers coupled heat
transfer mechanisms in a CFB riser which can be de-
scribed in terms of only two coordinates, for example,
the axisymmetric case of a cylindrical vessel with an
outer cylindrical jacket. In work which will be the sub-
ject of a future publication, the two-dimensional model
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will be extended to cover heat transfer in three-dimen-
sional membrane waterwall systems.

1.1. Furnace-side heat transfer

The heat transfer between the furnace wall and the
suspension includes contributions from radiation, par-
ticle convection, gas conduction and gas convection.
Though doubts have been expressed about the additive
nature of these components [1], many authors approxi-
mate the overall heat transfer coefficient by writing

h = fuhy + (1 = fy)he + b, (1)

A number of mechanistic models have been proposed
to describe the particle convective heat transfer com-
ponent and to explain the nature of heat transfer at the
walls of a CFB riser. These models can be classified
broadly as single-particle models, cluster renewal models
and continuous film models and have been summarized
by Basu and Nag [2].

Since the particle convection coefficient, %, is much
greater than the gas convection coefficient, #,, for the
range of particle sizes used in almost all CFB applica-
tions, most models pay little or no attention to the dilute
phase heat transfer coefficient.

Radiation is a major contributor to heat transfer in
CFB boilers and other high temperature CFB reactors,
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Nomenclature

a suspension absorption coefficient for gray
medium

B back-scattering fraction

c particle volumetric concentration

C, heat capacity

D diameter or hydraulic diameter of riser

d, particle diameter

e emissivity

Ex particle exchange rate between core and wall
layer

fw time-averaged fractional area of the wall
covered by particles

h bed to wall heat transfer coefficient

he heat transfer coefficient between coolant and
wall surface

hyg heat transfer coefficient due to gas convec-
tion

hy heat transfer coeflicient due to particle
convection

hpg particle-to-gas heat transfer coefficient

h, heat transfer coefficient due to radiation

I~ radiative heat flux in “=” direction

It radiative heat flux in “+4” direction

k thermal conductivity

Ly, particle average residence length in wall
layer

Ly, mean beam length of the bed

L. hydraulic diameter of cross-section occupied
by coolant

L, wall thickness

q heat flux through wall

qc heat flux through stagnant gas layer

qr radiative heat flux

Ope volumetric heat convection rate from parti-
cles to gas

particle surface area per unit volume
horizontal gas temperature gradient

bulk temperature

temperature

vertical velocity

horizontal distance from inner furnace wall
vertical coordinate, directed vertically
downward

NR R NSO A

Greek symbols

0 wall layer thickness

O gas gap thickness

& suspension voidage

Emf loosely packed bed voidage

Esec cross-section average suspension voidage

¢ dimensionless lateral distance in the riser
(=1—-x/D)

Uy gas viscosity

o density

0o Stefan—-Boltzmann constant

s scattering coefficient for gray medium

Ax grid step length in horizontal direction

Az grid step length in vertical direction

Subscripts

b bulk

c cooling water

g gas

p particle

w wall

sus suspension

especially for the low suspension densities found under
turndown conditions. The relative contribution of radi-
ation depends primarily on the wall and furnace tem-
peratures. Several models have been proposed for the
radiation component, for example the steady-state
model of Chen et al. [3], the network model of Fang
et al. [4], the array model of Werdermann and Werther
[5], the two-flux model of Glatzer and Linzer [6] and the
non-uniform emulsion model of Luan et al. [7]. The last
three of these require prior estimation of the tempera-
ture profile in the emulsion layer.

1.2. Wall-side heat transfer
Conductive transfer in the wall assembly has been

studied in order to determine surface heat transfer fluxes
from temperatures measured by embedded thermocou-

ples [8,9]. Inverse methods have also been proposed
which utilize the tube temperature data from coolant-
side thermocouples to determine heat fluxes within
boiler furnace walls [10]. Approximate solutions and
numerical solutions, using either finite difference or finite
element methods, have also been obtained [11]. How-
ever, none of these models has treated the wall-side and
the furnace-side transfers as coupled processes.

In summary, in previous models, the reactor side and
wall side heat transfer processes have been treated sep-
arately. When reactor side heat transfer is considered, a
constant wall temperature is usually assumed as a
boundary condition. When wall side heat conduction is
considered, uniform heat fluxes are usually applied on
the furnace side surface as boundary conditions. Except
for the models of Chen et al. [3] and Fang et al. [4], most
models consider the reactor side conduction/convection
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and radiation to be independent. When radiative con-
tinuous media models have been solved, suspension
temperature distributions have had to be provided.

2. Development of a new two-dimensional heat transfer
model

2.1. Primary assumptions

A major feature of the overall flow structure in most
CFB units is a core-annulus flow pattern, confirmed
using various experimental techniques. The cross-section
of a CFB riser is commonly divided into two regions,
with particles transported upwards in a dilute core, while
a dense layer of solids in an outer annulus is assumed to
descend along the wall. Particles, after staying in the
wall layer for an average residence length L., are re-
entrained into the core and replaced by fresh particles
that have the same temperature as the bulk. The wall
layer may become denser while it descends due to an
increased cross-section average suspension density at
lower levels. This also brings more fresh particles from
the core to the wall layer. Experiments in CFB com-
bustors [12] reveal that vertical waterwall surfaces ex-
perience very little wear. This suggests either that few
particles actually touch the wall or that the particle ve-
locity adjacent to the wall is not very high. Lints and
Glicksman [13] showed that there exists a particle-free
gas layer along the wall having a thickness of 0.3-1.0d,,
depending on the overall suspension density. Thus, it is
common to assume a stagnant gas gap between the
dense layer and the wall. Another notable feature of
CFB reactors is temperature uniformity in the core re-

gion: suspension temperatures only change appreciably
in the wall layer. Hence, it is reasonable to limit con-
sideration of furnace-side heat transfer to the wall layer.

Based on these considerations, a coupled two-
dimensional heat transfer process is considered as illus-
trated schematically in Fig. 1. Descending particles are
assumed to enter the heat transfer zone at the temper-
ature of the core suspension. As the wall layer descends,
it loses heat to the gas by convection and gains heat
from fresh particles due to core-wall layer particle ex-
change. Temperature gradients within each particle are
neglected since for particulates typically used in CFB
reactors, the Biot number is much smaller than 0.1.
Particles also participate in radiation from the core to
the wall through the wall layer, enhancing the radiation
flux by emission and attenuating the flux by absorption,
while the gas is assumed to be optically transparent. To
simplify the radiation analysis, the particles are assumed
to constitute a continuous absorbing, emitting and
scattering medium. For the particle size and concentra-
tion ranges typical of the wall layer of a CFB, inde-
pendent scattering theory applies [14] and the two-flux
model can be employed for radiative heat transfer [15].
Gas enters the heat transfer zone dragged downwards by
the rapidly-descending annular particles. The gas re-
ceives heat from the immersed particles by particle-to-
gas convection and from the core by conduction. Heat is
then conducted to the wall through the stagnant gas
gap, and hence through the furnace wall to the cool-
ant (typically water). The inside heat transfer coeffi-
cient between the coolant-side wall and the coolant can
be evaluated from standard correlations. The liquid
coolant is assumed to flow vertically upwards without
boiling.

Coolant| Wall | |

(—

A A4

- Conduction C: Convection <i Radiation

Fig. 1. Schematic of heat transfer process.
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For experimental CFB systems, suspension and wall
temperatures tend to be nearly uniform in the vertical
direction due to the rapid axial mixing of particles.
Hence, vertical heat transfer by conduction and radia-
tion is much smaller than conduction and radiation in
the horizontal direction or convective transfer in the
vertical direction. Therefore the former two mechanisms
are ignored, i.e. vertical transfer is assumed to occur
only by convection and horizontal transfer only by
conduction and radiation. The system is assumed to be
axisymmetric so that all transfer and gradients in the
tangential direction and any asymmetry due, for ex-
ample, to the solids return and exit ports, can be ig-
nored.

2.2. Governing equations and boundary conditions

Based on the above assumptions, the following gov-
erning equations and boundary conditions can be writ-
ten:

Heat balance on the gas in the wall layer (outside the
gas gap):

ep,C,

e T o

oT, 0 oT,
. (kga_j) —Ope = 0 (2)

where O, is the volumetric rate of heat convection from
particles to gas given by

Opg = hpes(Tp — Ty) = ONupg (1 — &)ky (T;, — Q)/ds (3)

with the particles assumed to be spherical.
Heat balance on the particles:

oT;
ppCpPC”pa_Zp +ECpp(Ty, — Ty) + Opg + Vg =0 (4)

where Vg,, the local divergence of the radiative flux,
based on the 2-flux model, is given by

Lot 1) At el
Var = ox T ox (5)

with
—— = —2(a+ 0B)I" +2a0,T; + 20,BI" (6)

and
ar-

—— 2(a+ aB)I~ —2aao T — 20.BI" (7

E, is the particle exchange rate between the core and
wall layer discussed below.
Heat transfer through the gas gap:

qc = kg(Tg‘x:o‘g —T)/0, (8)

Heat transfer from exposed wall surface to cooling
water:

=/ (1+4)

Heat balance on cooling water:

dT;

Boundary and interface conditions:
At top of heat transfer zone:

I,=T,=T, atz=0, §,<x<0 (11)
At core side of wall layer:

I,=T,=Th=f(z) atz=0, x=0 (12)

I" =eyooTy + (1 —ep)l™ atzz=0, x=4§ (13)
At inner furnace side of wall:

g=q.—I"+I atz>0, x=0 (14)

I't = eyao T+ (1 — eI~ (15)
At gas gap/wall layer interface:

chszg% atz>0, x=1J, (16)

2.3. Parameter determination

1. Voidage distribution in wall layer [16]:

g(d)) =g + (Sscc o Emf)ggc—cl.SJrZ.ld)»‘1+5.0(/)88) (17)
2. Thickness of gas gap [17]:

% =0.0287(1 — i) "™ (18)

p

3. Particle downward velocity at wall:

Measured particle velocities at the wall in fast flui-
dization have usually been found to be downwards at
~1-1.5 m/s. Data have been summarized and correlated
by Griffith and Louge [17]. Here the wall downwards
velocity is assumed to be 1.2 m/s. The sensitivity to this
assumption was explored by Xie [18] and is addressed in
Part II.

4. Gas downward velocity in wall layer

Gas enters the heat transfer zone and is dragged
downwards by the rapidly-descending annular particles.
We begin by assuming u, = 0.4 m/s. The sensitivity of
this assumption was shown to be small by Xie [18].

5. Heat exchange between particles and gas [19]:

0.5
Nugg = s 5y g Pl Z 1D ) 1
ke He ’

(19)
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6. Bulk emissivity [20]:

ebzl—exp(—l.swﬂ) (20)
P

7. Suspension absorption (emission) and scattering co-
efficient [20]:

3 ce,
~3c(l—ep)
Os fET (22)

8. Back-scatter fraction [15]:
B =0.667 (23)

9. Wall layer thickness [21]:

5 0.2 1.4
520.5{17\/1.3471.30(17,%%) (1= o)™ |,

(0.0015 < 1 — 4, < 0.2) (24)

10. Average particle residence length L,,:

Wu [22] measured the ‘“‘characteristic” residence
length of particles within the wall layer and found that it
could be correlated by

Ly = 0.0178%5% (25)

sus

However, when applying this length to his heat
transfer model, he found that L, should be at least 1.7 m
to fit experimental data. Visual observations and video
recordings in a 0.2 m CFB by Lints and Glicksman [13]
showed that some clusters remained near the wall for
distances of at least 0.5 m, the limit of the field of view of
their video system. Experiments by Golriz [23] in a 12
MWth CFB showed that L, should be at least 2 m.
Since the data available for L, are quite diverse, 1.5 m is
used here. The sensitivity to this assumption was ex-
plored by Xie [18] and is addressed in Part II.

11. Particle exchange rate, Ey:

There are two sources of fresh particles in the wall
layer. One is the cross-flow exchange of particles be-
tween the wall layer and the core region. Assume a
particle concentration of ¢(¢) at a certain height and
consider a surface dxdy normal to the direction of par-
ticle velocity. In unit time, the mass of particles crossing
this surface is p,c(¢)u,dxdy. By the definition of the
average particle residence length, these particles are, on
average, replaced by fresh particles after a distance L,;.
Hence the mass of particles exchanged per unit volume
per unit time is

ppc(d))udedy o ppc(¢)up
Lydxdy Ly

The other source is that the wall layer may become
denser as particles descend along the wall due to an in-

crease in the cross-sectional average suspension density
lower in the riser. In this case, if at a certain position the
vertical particle concentration gradient is de(¢)/dz, the
exchange rate would be p u,dc(¢)/dz. Summing these
two terms gives

)., )

Ex = pyup |:L_ar & (26)

3. Numerical methods

Keller’s Box method [24] is employed to solve the
model equations. The wall layer domain (6, <x<J,
0<z< H) is divided into (m — 1) horizontal and (n — 1)
vertical grid intervals. Application of Keller’s method to
the governing equations and boundary conditions de-
scribed above leads to a set of algebraic equations con-
taining the (5m + 1) unknowns (Ty(), Teij+1)s Tpijen)s
Sij1, 1y, and 17, ) for the (j + 1)th vertical layer [18].
This set of equations is non-linear, not only because of
fourth-power radiation terms, but also because some
parameters are functions of temperature. The set can
only be solved iteratively.

Keller’s method is unconditionally stable and has
second-order accuracy, even for the non-uniform grid
employed here. Because the gas temperature in the vi-
cinity of the wall decreases sharply along the heat
transfer surface near z =0, but less so with increas-
ing distance, Az needs to be small near the top of the
heat transfer surface, but can be much larger lower
down. To obtain smoothly increasing values of Az, a
Fibonacci series (i.e., Az(i) = Az(i — 1) + Az(i — 2)) was
employed until a pre-set maximum step-size, Azp,x
was reached. Similarly, the most significant variations
of the particle and gas temperatures occur very close
to the wall. Hence, a Fibonacci series was again em-
ployed to produce grids with a smoothly increasing
horizontal step-size until a pre-set maximum step-
size, Axmax Was reached. Tests showed that the solu-
tion became essentially independent of the grid
dimensions when Ax(1) = Az(1) =1 x 1077 m, Ax(2) =
Az(2) =2 x 1077 m, Axpmax = 0.001 m and Az, = 0.01
m. The convergence criteria for terminating iteration
were:

max (77;’”"”’ — Tg"OId) <107% and
Tg,new

max [ Tpner = Tpod <1076 (27)
Tp,ncw

The computational times for all cases explored in
Section 5 below were less than 15 min for a Pentium II
computer.
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4. Predictions for a typical case
4.1. Case description

Consider a cylindrical riser of inside diameter 0.152
m cooled by water. To allow the solution to be marched
downward from z =0, the outlet water temperature
rather than the inlet temperature is assumed to be fixed
at a known value (80 °C). The physical properties of
water and air such as density, thermal conductivity,
Prandtl number, heat capacity, etc., are functions of
their temperatures and are evaluated by fitting standard
property data. Other key parameters are typical of those
encountered in pilot-scale CFB combustors as listed:
particle diameter d, =286 pm, particle emissivity
e, = 0.85, particle heat capacity C,, =840 kl/kgK,
particle density p, = 2610 kg/m?, suspension density

5FT
4L 41
£
et c
3% o 12>
=) 5 £
T 3 N
2+ o 43
1+ {4
0 -l 1 1 1 1 1 1 1 1 ] 5
0 50 100 150 200 250 300 350 400 450
(A) Heat flux (kW/m?)
5F T T T T T T T ™3 0
4L Gas thermal 14
— boundary layer
E thickness
e 3+ 42
Ry
[)
T Wall layer boundary ___
2+ 43
T thickness 14
0L 45
P S S S S S S S S S S
-1 0 1 2 3 4 5 6 7 8 9 10 11 12
©) Distance from wall, x (mm)
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Paus = 52.5 kg/m?, bulk temperature T;, = 1076 K, wall
thermal conductivity &, =21 W/mK, wall emissivity
e, = 0.90, and heat transfer coefficient between coolant
and surface 4, = 12,270 W/m? K.

4.2. Heat flux distribution

The predicted heat flux distribution along the heat
transfer surface is plotted in Fig. 2(A). Both the con-
ductive and radiative heat fluxes generally decrease with
distance from the top of the heat exchanger due to
cooling of the particles as they descend along the sur-
face. At the top of the heat transfer surface, the con-
ductive heat flux decreases quickly, because, when the
particles and gas enter the wall layer, they are as-
sumed to have the same temperatures as the CFB core, a

5F 40
4L 41
d
4 —_
! g
_ 3¢ t { 4 25
£ ! ! N
ot i |
= ! 4
o 2t ! g 43
[ ! d
I ! d
! {
f g
1F ! | 44
! (
! I
! i
! (
0 il 1 5
400 500 600 700 800 900 1000 1100

(B) Temperature (K)

(2]
o

(o
o

: "-"directionat z=0.0 m
1 "-"direction at z=0.3 m

w
o

:"-"directionatz=5.0 m

n
o

1 "+" direction at z=0.0 m B

Radiation flux (kW/m?)
N
o

: "+" direction at z= 0.3 m

-
o

: "+" direction at z=5.0 m

0 2 4 6 8 10
(D) Distance from wall, x (mm)

Fig. 2. Model predictions for base case conditions: (A) Vertical variation of heat flux components along the wall. (B) Gas and particle
axial temperature distributions. Dashed lines: particle temperature; solid lines: gas temperature. From left to right: x = 0.08, 0.24, 0.74,
1.13, 1.83, 2.94, 10.48 mm. (C) Growth of predicted particle and gas thermal boundary layer thicknesses. (D) Lateral variation of
radiation flux.
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value that is substantially higher than the wall temper-
ature.

4.3. Particle and gas temperature distributions

Fig. 2(B) shows the vertical profiles of particle and
gas temperature at different distances from the wall
within the wall layer. The particle and gas temperatures
differ appreciably close to the wall, with the particles
having a higher temperature because of their higher
density and volumetric heat capacity. The predicted
differences between the particle and gas temperatures are
similar to those measured by Flamant et al. [25].

2185
4.4. Thermal boundary layer thickness

The thermal boundary layer thickness, defined as the
distance from the wall to the point where the local
temperature difference from the wall temperature is 99%
of the temperature difference between the core and the
wall, i.e. where

T, — Ty
X,z W,z — . 2
T 1. To 0.99 (28)

is plotted as a function of elevation for particles and gas
in Fig. 2(C). As expected, the thermal boundary layer
thickness grows continuously along the heat transfer
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Fig. 3. Local suspension density as a function of elevation and comparison of predicted local suspension-to-wall heat transfer coef-
ficients with experimental results of Pagliuso et al. [26] for d, = 179 pm. Average suspension density from A to F: 11, 21, 22, 41, 48 and
53 kg/m®. (+: suspension density; (): experimental heat transfer coefficient; solid lines: predicted local heat transfer coefficients.)
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surface. Note that the thermal boundary layer is con-
tained well within the hydrodynamic wall layer for the
case considered.

4.5. Radiation flux

Fig. 2(D) shows the predicted core-to-wall and wall-
to-core radiation flux distributions at 0, 0.3 and 5 m
below the top of the heat transfer surface. The core-to-
wall (‘= direction) radiation fluxes always exceed the
wall-to-core (‘+’ direction) values at the same level, with
the differences being the net radiation fluxes through the
wall layer. The radiation fluxes are seen to change sig-
nificantly in the wall layer. Hence radiation cannot be
decoupled from conduction/convection in the overall
heat transfer process.

5. Comparison of model predictions with literature
experimental results

5.1. Data of Pagliuso et al. [26]

Pagliuso et al. [26] reported experimental local bed-
to-wall heat transfer coefficients for temperatures at
which radiation is unimportant. The riser was 72.5 mm
in internal diameter, 6.0 m high, with six double-pipe,

D. Xie et al. | International Journal of Heat and Mass Transfer 46 (2003) 2179-2191

annular, water-cooled heat exchangers, each 0.93 m
high, located one above the other. Five narrow size
fractions of quartz sand particles—d, = 179, 230, 385,
460 and 545 pm—were tested. The suspension temper-
ature was kept approximately constant at 423 K while
the superficial gas velocity was 10.5 m/s. Water and gas—
solid suspension temperatures were measured at the inlet
and outlet of each jacketed section. Pressure drops were
also recorded to determine the suspension density. The
authors found a significant effect of particle size on the
heat transfer coefficient.

Fig. 3 shows experimental and predicted local sus-
pension-to-wall heat transfer coefficients and corre-
sponding suspension densities for different operating
conditions for 179 um particles. The model overesti-
mates the heat transfer coefficients in the top meter or
so, especially for dilute conditions and small particles
sizes, while it underpredicts them in some cases at the
bottom. Elsewhere, the model does well. However, it
assumes that the particles in the wall layer are always
descending. For the relatively high superficial gas ve-
locity of 10.5 m/s, the particles may actually be fluctu-
ating upward and downward along the wall, or even
rising in an uninterrupted manner when the bed is dilute.

The authors also measured suspension-to-wall heat
transfer coefficients as a function of suspension density

—
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Fig. 4. Predicted average suspension-to-wall heat transfer coefficients (open points) compared with experimental data (solid points) of
Pagliuso et al. [26]. (A) d, = 179 pm; (B) d, = 230 pm; (C) d, = 460 um.
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and particle size. Fig. 4 plots the experimental and
predicted heat transfer coefficients as a function of sus-
pension density for d, = 179, 230 and 460 pum. Except
for some outlier points that are in poor agreement with
the predictions near the top of the heat exchanger, the
model matches the measured data quite faithfully.

5.2. Data of Furchi et al. [27]
Furchi et al. [27] reported experimental results from

the same CFB facility as Pagliuso et al. [26] for tem-
peratures up to 250 °C. The particles were glass spheres

Suspension density(kg/m?)

0 25 50
6T
L ! @ ]
!
5 | .
L l‘. ]
1

Bl . A

P i 1 @ 1

< 1

2 3F -

) \

T  + \@ .
s | \ i

\
L + \ . 4
1F I .
L + I @ ]
/
0 " 1 " 1 "
0 50 100 150 200
Heat transfer coefficient (W/m?2K)
Suspension density(kg/m?)
0 25 50 75
6 — r r
5 — —

—~ 4 -

E

=

23 -1

[

T } ]
2 — —
1L i
0

0 50 100 150

Heat transfer coefficient (W/m?2K)

Height (m)

2187

of average diameters 109, 196 and 269 pm. The super-
ficial gas velocity ranged from 5.8 to 12.8 m/s, and the
particle circulation flux from 0 to 80 kg/m?’s.

Fig. 5 shows the experimental and predicted local
suspension-to-wall heat transfer coefficients for differ-
ent operating conditions. The model gives very good
predictions for d, =196 pm, while the predictions
tend to be low for the 109 pm particles. If for the lat-
ter case, the particle average residence length in the
model is changed from 1.5 to 0.3 m, a better match is
obtained between the predictions and experimental re-
sults.

Suspension density(kg/m?)
0 25 50

0 1 "
0 50 100 150 200
Heat transfer coefficient (W/m2K)

Suspension density(kg/m?)

0 25 50
6 T T

Height (m)
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Heat transfer coefficient (W/m?K)

Fig. 5. Suspension density as a function of elevation and comparison of predicted local suspension-to-wall heat transfer coefficients
with experimental data of Furchi et al. [27]. (A) d, = 109 pm, U, = 5.8 m/s, G,/G, = 11.3; (B) d, = 109 um, U, = 8.9 m/s, G,/G, = 7.5;
(©) dp, =196 pm, U, = 6.8 m/s, G,/G, = 13.4; (D) d, = 196 pm, U, = 8.9 m/s, G,/G, = 3.9. +: suspension density; solid circle: heat
transfer coefficient. Solid line: predicted local heat transfer coefficient for L,, = 1.5 m; dashed line: predicted local heat transfer co-

efficient for L,, = 0.3 m.
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Fig. 6. Comparison of predicted average suspension-to-wall heat transfer coefficients (open points) with experimental data of Han

et al. [28] for FCC particles (solid points).

5.3. Data of Han et al. [28]

Han et al. [28] determined the thermal performance of
a CFB heat exchanger operating with vertical up-flow of
a hot gas loaded with solid particles. Their facility con-
sisted of a combustion chamber, a cylindrical heat
transfer test section, and a solids recycle and feeding
system. The test section was a 50-mm-ID tube inside a 75-
mm-ID shell. The gas—solid suspension flowed upward
through the tube, while cooling water flowed downward
through the shell side. The heat exchanger section was
instrumented with thermocouples to measure suspension
and water temperatures at the top and bottom of the test
section. In the experiments, the suspension temperatures
varied from 100 to 600 °C, while the inlet gas superficial
velocity ranged from 1.5 to 13 m/s. Particulate materials
were FCC (mean diameters 88 and 117 pm) and sand
(mean diameters 136, 157, and 264 pm).

Figs. 6 and 7 compare experimental average total
heat transfer coefficients and model predictions. The
model gives better predictions for low suspension den-
sities than for higher ones. In the latter case, the model
underestimates the heat transfer coefficients for FCC
and overestimates it for sand particles. Note that the
model always assumes a descending wall layer, while at
suspension densities as low as 10 kg/m?, the particles in
the vicinity of the wall may oscillate upward and
downward, or even travel upward on average.

5.4. Data of Luan et al. [7]

Luan et al. [7] utilized a multifunctional probe com-
bining the differential emissivity and window methods to
measure not only the radiation heat transfer coefficient,
but also the total suspension-to-wall heat transfer coef-
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Fig. 7. Comparison of predicted average suspension-to-wall
heat transfer coefficients (open points) with experimental data
of Han et al. [28] for sand particles (solid points). (A) d, = 136
um; (B) d, = 157 um; (C) d), = 264 pm.

ficient. The probe consisted of a stainless steel body con-
taining four stainless steel cylinders, each surrounded by
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Fig. 8. Comparison of predicted total and radiative suspension-to-wall heat transfer coefficients with experimental data of Luan et al.
[7]. O: total; V: radiative by window method; A: radiative by differential emissivity method; *: predicted total; +: predicted radiative.
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a concentric stainless steel sleeve separating the cylinder
and probe body by thin air gaps. The probe was located
2.13 m below the top of a 152 mm x 152 mm x 7.3 m
tall CFB combustion riser. Silica particles of mean di-
ameters 286 and 334 um were the bed materials.

Fig. 8 shows the measured total heat transfer coeffi-
cients and radiative heat transfer coefficients determined
by the window and differential emissivity methods, and
the model-predicted total and radiative heat transfer
coefficients. For this short heat transfer probe, the model
substantially underpredicts the total heat transfer coef-
ficients, while the predictions for the radiative coeffi-
cients are quite close. Note that in the experimental
measurements, the probe was assumed to be perfectly
insulated such that conduction took place in one di-
mension only; in reality this assumption is doubtful. At
least part of the discrepancy is likely due to this factor.
Another possible cause is that the model does not con-
sider particle movement in the tangential direction;
while for heat transfer surfaces as small as this probe,
such motion may be significant.

5.5. Data of Tan et al. [29]

Tan et al. [29] measured local heat transfer coeffi-
cients in a 4 m high, 175 mm x 175 mm cross-sectional
area riser by means of a 320 mm high heat transfer
probe. The probe consisted of five 64 mm x 14 mm in-
dependent, but adjacent, heating and heat flux sensing
units located 1.06 m, then 2.75 m, above the gas dis-
tributor. Tests were carried out on ferrosilica particles of
density 6700 kg/m?® and mean diameter 110 pum at local
suspension densities of 0-100 kg/m?>.

Fig. 9 compares the model predictions and experi-
mental results. The model underestimates the heat flux
over the lower part of the probe. This may again be
because the particles in the wall layer oscillate upward
and downward, while the model assumes unidirec-
tional downflow. This situation is explored further in
Part II.

6. Conclusions

A new two-dimensional model that couples gas con-
duction, particle-to-gas convection, radiation through
the particle layer, conduction through the wall, and
convection on the coolant side is proposed for heat
transfer in CFBs. The two-flux model is adopted to
represent the radiation transfer in the wall layer. Keller’s
method is employed to numerically solve the set of non-
linear, partial differential governing equations. Model
predictions are compared with experimental results from
the literature and predictions of the suspension-to-wall
heat transfer rate are generally satisfactory.

The model predicts that both the conduction heat
flux and the radiation flux decrease as particles descend
along the heat transfer surface for constant suspension
density. The simulation results suggest that the particles
participate in a significant way in determining the radi-
ation flux through the wall layer. Therefore radiation
cannot be uncoupled from particle and gas conduction/
convection without introducing significant error for high
temperature systems.
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